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Abstract

The scope of this work is to explore the viability of the direct synthesis of dimethyl ether
(DME) over bifunctional catalysts, such as mixtures of CuO/ZnO/Al,O3 and y-Al;0O3 at
industrial scale. To accomplish this purpose, the process is simulated using a
phenomenological mathematical model considering momentum, mass and energy balances,
applied to both the catalyst particles and reactor bed, which is solved in 2D axi-symmetric
coordinates. This constitutes a step beyond most of the available studies for the modelling

of the DME synthesis reaction, based on simple 1D isothermal models.

The use of this detailed model revealed the importance of intraparticle mass and heat
transfer, with effectiveness factors within the range 0.5-1.1. At the reactor scale, radial
phenomena were found to be relevant. A design-sensitivity analysis of mass flux, catalyst
fraction, pressure, feed temperature, cooling potential and tube diameter on the reactor
performance was carried out. An optimized reactor design that provides 80% CO conversion
operating at inlet temperature and pressure 245°C and 40 bar, corresponds to 0.02 m
diameter, 8.50 m length and 3600 h™* gas-hourly space velocity with a yield of dimethyl ether
of 0.53.

Keywords: synthetic fuels, process intensification, hybrid catalysts, phenomenological

modeling, multi-scale modeling.
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1. Introduction

Industrial relevance of dimethyl ether (DME) has largely increased in the last years because it
is environmentally friendly, has a wide range of applications, and can be manufactured from
renewable resources. DME can be used directly as fuel, replacing LPG and conventional
diesel fuel, with better combustion performance (lower gasses and soot emissions) [1], or as
a fuel precursor and bioplatform molecule for the manufacture of other chemicals of
interest, such as olefins, methyl acetate, formaldehyde or dimethyl sulfate, among others [2-
5]. DME production has also an important role in the context of CO; valorization
technologies. DME synthesis from CO;-rich feeds could be an attractive route to recycle the
greenhouse gas CO; by converting it into valuable products and thereby controlling its
emission into the atmosphere [6]. Innovative reactor configurations, such as membrane
reactors, are being developed to improve this reaction, typically with lower conversion and

DME yield compared with the reaction from syngas [7, 8].

The most mature route for DME synthesis from syngas consists of a two-step process: in a
first reactor, methanol is synthesized in the presence of a metal catalyst, and in a second
reactor methanol is dehydrated to DME over a solid acid catalyst. This manufacturing
method requires high operation pressures, since methanol synthesis is limited by
equilibrium. In order to overcome this limitation, a new one-step synthesis process has been
proposed and developed using bifunctional catalysts in a single reactor, with promising
results, e.g. CO conversion in a direct DME synthesis reactor can be up to 80%, while a

methanol synthesis reactor reaches only 20% [9].

Many of the published studies are focused in the development of new bifunctional or hybrid
catalysts, being CuO/ZnO/Al;0O3 and y-Al,O3 the catalysts most commonly used as metal and
acid functions, respectively. Several preparation methods have been studied, although

physical mixing of both components seems to be the most suitable [10].

An important issue to be considered in direct DME synthesis is the reactor selection. Lu et al.
[11] performed a comparison between fixed bed, fluidized bed and slurry reactors for this
process, finding that fluidized beds are the best choice. However, this technology is not
proven beyond small pilot plant scale, so its industrial suitability has not been demonstrated

yet. Slurry reactors show slow mass transfer of reactants to the catalyst, and low solubility



and diffusivity of reactants in the liquid phase. Therefore, the reactor type selected in the
present work is the fixed bed reactor, in the form of cooled shell and tube, or sequences of

adiabatic beds with intercooling [12].

Optimization of the operating conditions to increase DME yield and avoid paraffins
formation is a key factor to increase the reaction performance. Another important factor is
the formation of hot spots within the catalytic bed due to the large reaction exothermicity,
this effect leading to irreversible catalyst deactivation. As the catalyst behavior is strongly
influenced by the reaction conditions, the development of a kinetic model for describing the
system is essential to model and optimize the process. There are many studies on the
kinetics of the integrated process, but most of them are based on kinetic equations obtained
separately for the two involved reactions, methanol synthesis and methanol dehydration [8-
10]. In a previous work of our group, an original kinetic model based on the simultaneous
reactions involved in the process, working with a physical mixture of commercial
Cu0O/Zn0/Al,03 and y-Al,0s3 catalysts in a fixed bed reactor, was proposed and
experimentally validated [13]. This model predicts the reactor behavior at a laboratory scale,
with small catalyst particles, where mass and heat transport limitations are negligible.
However, this is not necessarily true for industrial reactors. So, this model must be extended
in order to be used for predicting the behavior of industrial reactors. The extended model
should consider the spatial distribution of the catalyst components, and provide accurate
information about temperature and composition profiles in the catalyst bed to allow the

control of the process.

Some works on simulation of the direct synthesis process are available in the literature.
Based on the process developed by KOGAS, Kim et al. [14] simulated a DME demonstration
plant with Aspen Plus and used the results to propose modification of the process, but give
very little details on the process conditions. McBride et al. [15] also simulated the process of
DME synthesis in a fixed bed reactor using a layered arrangement of the two catalysts,
finding that the physical mixtures of the catalysts gave better results. Vakili et al. [16]
developed an steady-state one-dimensional heterogeneous model for a process consisting of
two fixed bed reactors in series. The model was used to obtain the optimal reactors
configuration and operating conditions. Chen et al. [17] simulated the whole production

process, considering the reactions at equilibrium, using Aspen Plus, and studied the energy



integration through the pinch technology using the program SuperTarget. Other study was
performed by Manenti et al. [18], applying a systematic staging design to a system of two
fixed-bed reactors in series used for methanol and DME synthesis, and performing a model-
based integrated energy process optimization. They found that the integration of DME
production with methanol synthesis increases notably the efficiency of the process. De Falco
et al. [19] centered their simulation studies on the possibility of using CO; rich feeds for the

DME direct synthesis, finding that water removal during CO; conversion is necessary.

Lee et al. [12] proposed a comprehensive one-dimensional steady-state model for the
catalytic heterogeneous catalyst bed, considering heat and mass transfer between the
catalyst pellets and reactants, and the effectiveness factor of the catalyst, together with the
reactor cooling through the reactor wall. They compared a physical mixture of the 2 catalyst
pellets and a hybrid catalyst. They found that the hybrid catalyst gave better CO conversion
and DME productivity, but reactor temperature control was more difficult. They also
reported strong pore diffusion effects. Song et al. [20] used a similar model, and compared
simulation results with the obtained for a pilot reactor with good results. They found that
the calculated effectiveness factor for the catalyst particles varied markedly along the
reactor, and had unusual values. All these studies used 1D-models, where variations in the
reactor radial coordinate are not considered, and then some potentially relevant mass and

heat transfer phenomena involved are neglected.

The scope of this work is the development of a more accurate model for the direct synthesis
of DME from syngas in a fixed bed reactor. The model proposed here is 2D, so that the
temperature and composition gradients are considered in both axial and radial coordinates
at two scales: particle scale and reactor scale. Based on this model, a design-sensitivity
analysis can be performed, in order to explore the optimal conditions for the reaction, in
terms of relevant variables, such as catalysts fraction, pressure, feed temperature, tube

diameter, mass flux and cooling potential.



2. Methodology

2.1. Modelling: catalyst particle

The first step in the development of our model for the fixed-bed catalytic reactor is the
modelling of the reaction at the particle scale. The kinetics of the reaction of synthesis of
dimethyl ether from syngas using simultaneously CuO/ZnO/Al,03 and Al,Os catalysts was
experimentally studied in a previous work [13] at a laboratory scale reactor in the absence of
mass and heat transfer limitations (using very small catalyst particles). The process can be
modelled according to a four reactions scheme, as summarized in Table 1. The rate
equations were proposed based on the mechanistic model of [21] and [22]. Some equations
include a term (called here DEN) to account for the inhibition due to water competitive

adsorption. The water-gas-shift reaction was found to be in equilibrium.

Table 1. Kinetic model for the synthesis of dimethyl ether from syngas on CuO/Zn0O/Al,03
(catalyst 1) and Al,Os (catalyst 2) [13].

Catalyst Reaction Rate law
k f
[I] CO+2H, @ CH;0H — 1 _ JCH30H
Cat 1 re e " = pEne \Jeolie T p
AH, =-90.51 kJ/mol Ink, = 25.25 — 20664/T
[1I]CO, + 3 H, kK fersonfuy0
2 CH;0H +H,0 2= ppNs \feofm, — “Kof2
2
AH, =-49.51 kJ/mol Ink, = =5.10 — 457/T
[I1I] CO+ H,0 2 CO, + H, vy = ko foof _ feo,fu,
AH3 = -41 kJ/mol 3TB\J0MR0 K

[IV]12CH;0H 2 CH0 +H,0 o, =, <szH30H _fczﬂsofazo>

Cat 2 K,
AH, =-23.5 kl/mol eas

Ink, = 2.10
DEN =1+ KHzoszo, KHZO =19 barl

* 77 in mol kgeatj* s, f; in bar and Tin K.



The fugacities (f;) were calculated from the corresponding fugacity coefficients, which were
determined according to the literature [23] using the virial equation of state (Tsonopoulus
method, [24]). The equilibrium constants were calculated using the temperature-dependent

expressions provided by [25].

At industrial scale, catalysts are used in fixed beds shaped as large particles, e.g. as pellets or
monoliths. Thus, mass and heat transport inside the catalyst influence the reaction rate. In
order to take into account these transport effects, the diffusion-reaction model of Table 2
has been used [26]. In our case, the catalyst is supposed to be shaped as cylindrical pellets
(very common in industrial practice), so the model is solved in a 2D axisymmetric coordinate
system with gradients in the axial (z) and radial (r) coordinates. The transport from the
catalyst surface to the bulk gas is accounted for in the boundary conditions and modelled

using the film theory.

Table 2. Particle model: 2D axisymetric diffussion-reaction steady state model.

Mass balance Boundary conditions

=V - (Ds;Ve) = ps Xjviyr5, i=1..N (=DsiVe lsurface = Kailcip — ¢1)
(—DgiVe)lrp=o =0

Energy balance Boundary conditions

-V (kSVTS) = Ps Zj(_AHj)r}' (_kSVTS)lsurface = h(Tb - TS)
(—kSVT5)|rp=0 =0

The geometrical and physical properties of the two catalysts present in the reactor required
to solve the particle model, are summarized in Table 3. These properties were
experimentally determined (particles dimensions and density) or using standard

characterization methods (surface area analysis by nitrogen physisorption) [13].

The effective diffusion inside the catalyst pellets (Ds;) was estimated as the contribution of
molecular (D;,,,) and Knudsen (Dg;) diffusion mechanisms, by the following expression:
Dg; = (€ine/7c)/(1/Dim + 1/Dg;). The diffusion coefficients, D;,,, and D;, were calculated

using expressions from the literature [24]. Catalyst tortuosity was estimated as T, = 1/€;n;-
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In the reaction term, 7; is the rate of reaction j over catalyst 1 or 2 (in mol/kgcat s) calculated
with the expressions of Table 1 and v;; are the stoichiometric coefficients of compound i in

reaction j.

The film mass (K;;) and heat (h) transport coefficients were calculated using the correlations

in Table 4.

Table 3. Geometrical and physical properties of the catalysts.

Property Catalyst 1 Catalyst 2
Catalyst formulation CuO/Zn0O/Al;03  y-Al,0O3
Particle diameter (dp), mm 5 4.4
Particle length, mm 4.79 9.14
Equivalent diameter* (d.), mm 2.82 3.21
Sphericity (¢) 0.873 0.828
Specific surface (ap), m?/m3 2470 1784
Solid density (ps), kg/m3 2366 1060
Thermal conductivity (kg), W/mK 1 1

Pore size (nm) 11.4 6.4
Internal porosity (€;,¢) 0.608 0.581
Internal tortuosity (z.) 1.64 1.72

* diameter of the sphere with the same volume

The particle model was solved by the Finite Element Method (FEM) using COMSOL
Multiphysics software and finer-predefined free triangular mesh with 986 elements and

PARDISO solver.

2.2. Modelling: reactor

The reactor considered in this work for the direct synthesis of dimethyl ether consists of a
multi-tubular fixed-bed. For simplicity, only one tube is considered for modelling; the rest
are assumed to have the same performance (i.e. geometry, feed refrigeration, etc. are the

same for all the tubes of the reactor).
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Table 4. Bed properties for the reactor model.

Bed properties Refs.
=+ (- amen( -7 (57)

Bed porosity b = €bo €0/ €XP d,\ 2 r [27]

With €, = 0.36

3 2d2
Permeability K = __Gpdrde [27]
150(1 — €)%
1.75(1 — €,)pg
Forchheimer drag Br = [27]
’ exdd,
Bed effective luldp
dispersion coefficient Diez = (1= /1= €,)Dim + 2 [26]
luldp

Diey = (1 — /1 —€,)Dyn + 3 [26]
Gas-to-solid mass _ Dim 0.6c.1/3
transfer coefficient Koi = dp (2+ L1 Re®S5¢,™) 128, 29]
Bed effective thermal RePr
conductivity kez = kpo + kg ( 1.4 > (26]

ker = kpo + K ( nem ) [26]

er = Th0 T R6\8.65[1 + 19.4(dp/Dg)?]
k [0.28—0.757log(eb)—0.057log(;§—g)]
kbO = kG (—S [26]
ke

Gas-to-solid heat kg 0.6 p..1/3
transfer coefficient h= E (2 +11Re™Pr ) [28]

The model for the reactor tube is phenomenological, e.g. based on conservation equations,
as shown in Table 5 [27, 30]. Due to the exothermal reactions taking place and the heat
transferred through the reactor wall, temperature and concentration gradients in the axial
and radial coordinates of the reactor tube are expected. Hence, the model equations were

solved in a 2D axisymmetric coordinate system.



Table 5. Reactor model: 2D axisymmetric steady state.

Momentum balance (Brinkman equation)

u 2p U
V- |=pt+ (v (") —3—%(v-u)1] ~ E+petul)u=0

Continuity equation: V(psu) =0

Boundary conditions: ulinier = Ups/Pgo,  Ploucter = Pref

Mass balance

Dier 0
0 Diez ’

Source term: R; = M;(1 — €,)[f,apKgice (Vsi — Yi)lcar1 + foapKgice Vsi — Yi)lcar 2]

Boundary conditions: W;|iner = Wio,  DieVWiloutier = 0

—pG(u : V)Wl +V- (DieVWi) + Ri =0, Die = i=1..N

Catalyst 1: apKgice(Vsi — Yi)lcar1 = Ps Lj=123VijTimj, i=1..N
Catalyst 2: apKgice(Vsi — Yi)lcar2 = Ps Lj=aVijmimj, i=1..N

Energy balance

_[ker O
10 ke,

Source term: Q = (1 — €p)[f,aph(Ts — Tlcar1 + foaph(Ts — T)lcar 2]
Boundary conditions: T|inet = To, Tlwau = Tw>» keVT|outier = 0
Catalyst 1: aph(Ts — T)|cat1 = Ps 2j=1,2,3(—AHj)77771'

Catalyst 2: aph(Ts — T)|car2 = Ps 2j=4(‘AHj)Tj771'

—peCpu-VT +V- (k,VT)+Q =0, k,

Brinkman equation is valid to model flow in porous media, for which it includes permeability
(k) and Forchheimer drag () terms [27]. This equation is very useful to model non-ideal
flow in beds with low reactor to particle diameter ratio (Dg/dp < 10). In these situations, a
higher bed porosity in the vicinity of the reactor wall results in higher gas velocity there,
which affects both reactor conversion and heat transfer through the reactor wall. To account
for this effect, Brinkman equation is solved using an appropriate expression for the radial

porosity distribution (see Table 4) [26, 31].

Mass and heat balances include (in this order) convection, dispersion, and source (reaction)

terms. Dispersion (mass and heat) in fixed beds is an anisotropic property with higher



dispersion in the axial coordinate (the main coordinate of the flow) than in the radial one, as
shown in Table 4. The source terms account for transport (mass and heat) and reaction in
two different types of catalyst particles. So, the fraction of the two catalysts in the reactor
(f, or volume fraction) is considered. The internal surface of the reactor wall is considered to
be at constant temperature Ty. This is a good approximation for the case when the reactor is
cooled by a boiling liquid (e.g. water) outside the tubes. The boiling temperature is
determined by the pressure outside the tubes, and the heat transfer resistances in the outer
side of the tube and the tube wall are very small compared to the resistance inside the tube.
The model is completed with the balances to the catalysts particles that include the
corresponding reaction terms. The intraparticle transport is accounted for using

effectiveness factors calculated using the particle model, explained in Section 2.1.

Physical properties of the gas, such as viscosity, heat capacity or thermal conductivity were
calculated using correlations from the literature [24], and gas density using the virial

equation of state (Tsonopoulus method, [24]).

The reactor model was solved by the Finite Element Method (FEM) using COMSOL
Multiphysics software and mapped mesh with 1030 rectangular elements and MUMPS

solver.

3. Results and discussion

3.1. Simulation of mass and heat transfer inside catalyst particles

Mass and heat transfer inside the catalyst pellets have been studied using the 2D particle
model in order to evaluate the influence of intraparticle transport on the performance of the
catalysts pellets. Figure 1 shows the results corresponding to the following representative
reaction conditions: bulk gas temperature T}, = 260°C, pressure p,.r = 40 bar, bulk gas mass
flux upg; = 6 kg/m? s and bulk gas composition (mole fraction) 0.475 CO, 0.475 H and 0.050
CO.. The radial profiles corresponding to the midpoint of the length of the particle (i.e. 2.4
mm) are depicted. As evidenced by these profiles, both gas composition and temperature
exhibit important gradients inside the catalyst pellet and, hence, intraparticle resistances

cannot be neglected. The compound with the highest gradient is CO, with mole fraction
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decreasing from 0.475 at the surface to 0.335 at the center of the particle. No external
relevant mass transfer resistance was found (concentrations at the catalyst surface equal
bulk concentrations). For the case of heat transfer, both external and internal heat transfer
resistances were found to be relevant (the pellet surface is 3°C higher than the bulk, and the

center of the particle is 4°C higher than the surface).

The information from the simulation can be used to calculate the effectiveness factor (), as
the ratio of the average reaction rate in the pellet over the reaction rate at bulk gas
conditions. For this case and for reactions 1 and 2, the effectiveness factors are, respectively,
1, = 1.03 and 1, = 1.17. Effectiveness factors are slightly higher than 1 due to the
temperature increase inside the pellet, which overcomes the decrease in reaction rate
caused by the decrease in reactants concentration. Song et al. [20], also reported
effectiveness factors much higher than 1 for these reactions in some cases, at different

conditions. This finding will be studied latter in more detail.

3.2. Correlation of intraparticle transport

In order to get detailed quantitative information on the intraparticle transport processes in
the direct synthesis of dimethyl ether in the particles of catalysts 1 and 2 at the most
common reaction conditions, 324 simulations have been performed, covering the following
range of the variables: bulk temperature T, = 250-270°C, pressure p,..y = 30-50 bar, mass
flux upg = 2-10 kg/m? s and mole fractions in the bulk gas (yco = 0.062-0.57, yy, = 0.017-
0.570 and y¢(, = 0.050-0.481). For each set of variables, first, the effectiveness factors of the
reactions were calculated from the simulation results. Then, the influence of each studied
variable on the effectiveness factors was considered. According to the results obtained, only
three variables were found to be statistically significant: bulk gas temperature, pressure and
bulk CO mole fraction. Then, the following empirical expressions for the effectiveness factors
of reactions 1 and 2 were fitted to the calculated data (in units K for T, bar for p and molar

fraction for yco).

11 = exp (—1.78 + 0.0035 T}, — 0.0025 p — 0.98 y,) (1)
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1, = exp (—=1.19 + 0.0022 T, — 0.0021 p — 0.41 y,,) (2)

Equations 1 and 2 are only valid for the particles and for the range of variables considered.
The quality of the fitting is demonstrated in the parity plots depicted in Figure 2. The
effectiveness factors of reactions 1 and 2 vary, respectively, between 0.56 and 1.04 and
between 0.67 and 1.05. Within these ranges, the fitted expressions predict the simulation
values within £15% error. Then, these expressions are very useful for modelling the mass
and heat transport processes at the particle scale, and are suitable for incorporation in

simulations at the reactor scale.

3.3. Simulation and sensitivity analysis at the reactor scale

The influence of the main operation variables on the process performance has been
determined using the reactor model, as well as the effectiveness factors developed in
previous sections. These expressions take into account the variation of the efficiency factors
with temperature, pressure and concentration. As it was already determined, parameters
such as mass flux do not affect them, since the resistance to the external mass transfer of
the particle is not important. The following variables have been considered in the sensitivity
analysis (Table 6): mass flux, catalyst fraction, pressure, feed temperature, cooling potential
and tube diameter. The cooling potential is defined as the difference between the inlet
temperature of the reactor feed Toand the temperature inside the tube Tw, Tw being
considered as constant in the reactor, as previously explained. These variables have been
selected because they are important for both the reaction and for the heat transfer, which is
critical for highly exothermic reactions. The other parameters have been maintained
constant during this study. For example, the feed composition was set to mole fractions of
0.473 for CO and H; and 0.054 for CO,. This composition was found to provide optimum
reaction rates in the simulations of the previous section and also experimentally in previous

works [13].
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Table 6. Variables of the sensitivity study.

Variables Range Base Recommended
Mass flux (upg) 1-5kg/m?s  2kg/m?s 4 kg/m? s
Catalyst fraction (f,q¢) 60-90 wt.% 70 wt.% 70 wt.%
Pressure (py¢y) 30-50 bar 40 bar 40 bar

Feed temperature (T}) 245-260°C 250°C 245°C

Cooling potential (T, — T,,)  0-20°C 0°C 0°C

Tube diameter (D) 0.02-0.04m 0.03m 0.02m

The reactor length required to achieve 80% conversion at each set of conditions was
calculated. The target conversion of 80% has been chosen because it is high, but lower than
the equilibrium conversion for all the operating conditions considered. Results are shown in
Figures Figure 3. Parametric study: influence of mass flux (a), fraction of catalyst (b) and

pressure (c) on the space time necessary for 80% CO conversion. and
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Figure 4. Parametric study: influence of feed temperature (a), wall temperature (b) and
reactor diameter (c) on the space time necessary for 80% CO conversion. in terms of space
time, defined as the reactor volume divided by the inlet volumetric flow rate measured at

the conditions T= 298 K and p = 1.01 bar.

As shown in Figure 3a, space time (and hence, reactor volume per unit of feed), decreases
slightly as max flux (and hence gas superficial velocity) increases. Hence, the operation of the
reactor at higher mass flux is more efficient. This is explained by the observed (see Figure 3.

Parametric study: influence of mass flux (a), fraction of catalyst (b) and pressure (c) on the
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space time necessary for 80% CO conversion. a) lower maximum temperature attained in
the bed, which, in the region close to equilibrium, results in higher reaction rates. Calculated
temperature profiles, not shown here, indicate that on increasing mass flux, the hot spot
moves in the direction of the flow, and the peak temperature decreases, due to the

improved heat transfer to the reactor wall.

The main drawback of operating at high mass flux is the increase in pressure drop (from 2.3
kPa at 1 kg/m? s to 40.1 kPa at 5 kg/m? s). This increase is due to both the increase in gas
velocity and reactor length. Moreover, at high mass flux (4-5 kg/m? s) the decrease in space
time is less pronounced. Taking into account both factors (reactor volume and pressure

drop), the value of mass flux more adequate is considered to be in the region of 4 kg/m? s.

The next variable considered was the fraction of each catalyst in the reactor. According to
the kinetic experiments, the reactions catalyzed by CuO/ZnO/Al,0s3 are slower than the
alumina-catalyzed methanol condensation. This fact explains the observed reduction in
space time when the fraction of CuO/ZnO/Al,Os increases (Figure 3b). However, due to the
increase in reaction rate, the maximum temperature also increases, and can exceed the
maximum temperature limit recommended to prevent catalyst deactivation (280-300°C). As
a consequence, a catalyst fraction around 70% corresponding to 293°C of maximum

temperature is recommended.

Pressure is a critical variable in the reaction of synthesis of methanol, because on increasing
pressure the reaction equilibrium shifts towards products. However, in the direct synthesis
of dimethyl ether, the concomitant synthesis of dimethyl ether from methanol contributes
to shift the equilibrium. For this reason, and as shown in Figure 3c, an increase in pressure
decreases the space time, but not very markedly, particularly above 40 bar: the space time
for 80% conversion decreases 18% from 30 to 40 bar, but only 5% from 40 to 50 bar. As for
the case of the catalyst fraction, higher pressure results in higher reaction rate and, hence,
the maximum temperature increases. A pressure of 40 bar is recommended, corresponding
to a maximum reactor temperature of 293°C. Operating pressures of the direct synthesis of
dimethyl ether are lower than for the commercial process of methanol synthesis (50-100

bar) which is an important economic advantage of the direct synthesis of dimethyl ether.
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Figure 4 represents the effect of variables related to the thermal behavior of the reactor.
The feed temperature was varied in the range 245-260°C: an increase in the feed
temperature resulted in an increase of both space time needed for 80% conversion and
maximum temperature in the reactor. The maximum reactor temperature increases as the
feed temperature increases, as expected. The increase in reactor length is attributed to the
resulting decrease of equilibrium conversion, which decreases reaction rate. According to
these results, the feed temperature in the range studied is the minimum considered, 245°C.
Note that the rate laws of the reactions were developed for the range 250-270°C, so feed

temperatures below 245°C are not considered here.

The effect of cooling temperature was studied using the cooling potential, i.e. the difference
between the feed and cooling temperatures. Thus, for a given cooling potential, if the feed
temperature changes, the cooling temperature changes accordingly, so the cooling potential
is exclusively a measure of the cooling strength. On increasing the cooling potential, both
space time and maximum temperature decreased, but the effect is less marked than for the

feed temperature. Nevertheless, the cooling potential can be used to control the reactor
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temperature and prevent catalyst overheating. As shown in
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Figure 4b, the maximum reactor temperature decreases from 293 to 283°C, when the
cooling potential increases from 0 to 20°C. Hence, the recommendation is to design the
reactor considering a cooling potential O (e.g. cooling temperature equal to feed
temperature) and use the cooling potential as a manipulated variable in the reactor

temperature control system.

The last variable considered is the tube diameter, which is critical for the cooling of the
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Figure 4c, this variable has a great influence on the maximum temperature. For smaller tube
diameters, the reactor surface to volume ratio increases, so heat released by the reactions is
transferred at a higher rate and, hence, maximum temperature decreases. The
recommended tube diameter in this case is 0.02 m. Below this value, the ratio of tube

diameter to particle size (equivalent particle diameter) is too low (< 6.7), and deviations
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from plug flow (channeling in the vicinity of the wall due to higher porosity), that have a

negative effect in the performance of the reactor, are severe.

According to these results, the recommended values of the variables studied are the ones

summarized in Table 6.

3.4. Reactor design at optimized conditions

Once the recommended values of the main variables have been estimated (see Table 6), the
reactor model is used to study in detail the reactor characteristics and performance at these
conditions. Although these recommended conditions are not fully optimized (an
optimization would require studying the reactor performance at more combinations of the
relevant variables, together with an economic analysis), it is very likely that they are in the
vicinity of the optimal conditions, and the results obtained will provide valuable information
on the expected performance of the process. The reactor was then simulated, and the

calculated length required to achieve 80% CO conversion was 8.50 m.

The yield of the different products was the following: dimethyl ether 0.534, CO, 0.264 and
methanol 0.0087. The low yield of methanol suggests that the equilibrium of the reaction of
synthesis of dimethyl ether is shifted towards products. The yield of CO; is high because the
CO/Hj; ratio of the feed was CO/H; = 1. Thus, the water formed as product in the synthesis of
dimethyl ether reacts with CO, present in high amount due to the high CO/H; ratio of the
feed, and generates CO; and H; (reaction 3 of Table 1). Likewise, the H, produced is
consumed in the synthesis of methanol (reaction 1 of Table 1). Overall, part of the H;
required for the process is generated in situ and, as a consequence, no pre-treatment units

to adjust the composition of the syngas are required.

The surface plots of temperature inside the reactor tube are depicted in Figure 5, where for
comparison, the results for the reactor containing only the metal catalyst (i.e. f.4: = 1) are
also included. The simulations reveal the presence of a hot spot close to the reactor inlet.
According to this, heat transfer in the reactor should be designed taking into account the
formation of the hot spot and the prevention of catalyst overheating (e.g. selection of tube

diameter and cooling temperature such as that maximum temperature is lower than 280-
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300°C). In the simulation carried out at the recommended conditions, the maximum

temperature was 267°C, well below this limit.
The conversion and temperature axial profiles at the reactor axis (r = 0) are shown in

Figure 6a and 6b. This figure can be helpful to compare the performances when the reactor
contains catalysts 1 and 2, and only catalyst 1 (i.e. fzq¢ = 1, so no y-Al,03 is present, and
methanol is formed as final product). In the second case, conversion increases up to 26.6% in
the first quarter of the reactor (approx. z =2 m) and, then, remains constant at the
equilibrium. It should be noted that, even with such a low conversion, the hot spot is slightly
higher than that for the case of 70% (wt.) fraction of catalyst 1 (272°C vs. 267°C). Likewise,
the use of y-Al,03 catalyst makes it possible to produce dimethyl ether and shifts the
equilibrium of the methanol synthesis reaction. For this reason, in this latter case,
conversion increases progressively up to 80% at the end of the reactor. DME yield also

increases gradually, reaching a value of 0.534 at the reactor exit.

Regarding to the heat flux axial profile at the reactor wall (r = Dg/2 = 0.01 m), Figure 6c, it
increases up from 135 W/m? to 750 W/m? in the area close to the reactor inlet and then, it
decreases progressively to 82 W/m? in the reactor outlet. The point with maximum heat flux

is associated with the presence of the hot spot, as it has been demonstrated previously.

Figure 7 shows radial profiles (at z = Lr/2 = 4.25 m) of key properties and variables that
illustrate the relevance of radial phenomena, which are taken into account by our 2D model.
The model solves the momentum balance (Brinkmann equation) accounting for the radial
porosity distribution of the packed bed. Thus, in the vicinity of the wall, the packing of the
catalyst particles is less compact and, hence, the bed porosity is higher (this region is around
20% of the reactor volume). This affects different reactor characteristics, such as reaction
rate or heat transfer. Gas superficial velocity exhibits a remarkable behavior (Figure 7),
increasing from 0.12 m/s at the reactor center to a maximum of 0.47 m/s close to the
reactor wall and then decreasing to zero at the wall. Higher gas velocity (lower residence
time) with less amount of catalyst results in lower conversion in this part of the bed. This
negative factor is overcome, at least partially, by the good radial mass transfer observed at
the studied conditions (Table 6). The radial heat transfer coefficient exhibits a similar

behavior, as turbulence in the gas phase is the main contribution to both radial heat and
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mass transfer. Thus, the radial heat transfer coefficient is 1.7 W/m K at the center of the
bed, reaching a value of 5.3 W/m K at the vicinity of the wall. Radial temperature profiles are
relevant. Figure 7. Simulation of the reactor model at the optimized operating conditions
(upg=4kg/m?s, Ty = 245°C, AT, =0, py = 40 bar, Dg = 0.02 m and Lg = 8.50 m): radial
profiles at z = Lg/2 = 4.25 m of (a) bed porosity and superficial velocity and (b) radial
temperature profile and radial thermal conductivity.b shows a difference of 9°C between the
reactor center and the wall, at the considered reactor length, whereas Figure 5. Simulation
of the reactor model at the optimum operating conditions (upg= 4 kg/m?s, T = 245°C, AT,,
=0, po =40 bar, Dg =0.02 m and L = 8.50 m): temperature gradient. Comparison of (a)
direct DME synthesis (f cq¢ = 0.70 wt.) and (b) methanol synthesis (f.q: = 1 wt.).a shows that
in the region of the hot spot, this difference is much higher (about 22°C). This illustrates the

importance of using 2D models for studying this reaction.

4. Conclusions

The direct synthesis of dimethyl ether from synthesis gas has been studied by means of
detailed simulations of a 2D phenomenological model of catalyst particles and reactor bed.
This model improves the one-dimensional models available in literature, providing essential
information of the process for industrial reactors design. At the catalyst particle scale, it has
been found that intraparticle mass and heat transfer resistances are important and must be
taken into account. The simulations carried out over a broad range of operating conditions
predicted effectiveness factors for the reactions that lied between 0.5 and 1.1. The
calculated values of the effectiveness factor were fit to simple expressions capable of

predicting the effectiveness factors within +15% error.

The simulations at the reactor scale consisted of a design-sensitivity analysis: reactor length
required to achieve 80% CO conversion was determined for a set of operating and design
variables. The conditions that fulfill this requirement and at the same time maintained the
maximum temperature below the safety limit were identified. It can be concluded that an
increase in catalyst fraction, pressure, feed temperature and tube diameter increases the
maximum temperature, while mass flux and cooling potential have the opposite effect. Mass

flux and tube diameter had the strongest effect, so it is advised to carefully select these
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variables during the design of the reactor. For operation at 4 kg/m? s of mass flux and 0.02 m
of tube diameter, the recommended values of reactor length and gas-hourly space velocity
are 8.5 m and 3600 h}, respectively. Simulation results show that in this reactor radial
phenomena are relevant in hydrodynamics and heat and mass transfer, so that 2D models
provide more accurate information than 1D models. Finally, the comparison of this
recommended design to a similar methanol synthesis reactor showed that the dimethyl

ether reactor presents higher CO conversion and lower hot spot.
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Nomenclature

Latin symbols

a specific surface (m? m3)

c molar concentration (mol m3)

Cr heat capacity (J kg* K?)

D, d diameter (m)

de equivalent diameter (m)

Dj diffusion coefficient (m? s)

k thermal conductivity (W m™? K?)

K hydraulic permeability (m?)

K mass transfer coefficient (m s)

ki kinetic constant per unit of catalyst mass (mol kgeat* s bar?)
Keqj equilibrium constant

feat catalyst weight fraction (-)

fi fugacity (bar)

fv volume fraction (-)

AH; reaction enthalpy () mol?)

h heat transfer coefficient (W m2 K1)

I unitary matrix

L length (m)

M molecular weight (kg mol™)

p pressure (Pa)

Pr Prandlt number, Pr = Cpg u/ke (-)

r radial coordinate (m)

rj reaction rate (mol kgeatj* s72)

Re particle Reynolds number, Re = dp u ps/pt (-)
Sc Schmidt number, Sc = u/ps Dim (-)

T temperature (K)

u surface velocity, |u| = m (ms?)
wi weight fraction (-)
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Vi molar fraction (-)

z axial coordinate (m)

Subscripts/superscripts

0 inlet

b bulk

cat catalyst

e effective

G gas

i compound

J reaction

P particle

r radial coordinate

R reactor

ref reference conditions

) solid

STP Standard Temperature and Pressure
w wall

z axial coordinate

Greek symbols

p approaching to equilibrium
Pe Forchheimer drag (kg m)
) average bed porosity (-)

&b bed porosity (-)

Eint internal porosity (-)

o) sphericity (-)

n effectiveness factor (-)

7, viscosity (kg m? s?)

Vij stoichiometric coefficient of compound i in reaction j (-)
Yol density (kg m3)
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Tc

24

space time (s)

catalyst tortuosity (-)
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Figure 1. Intraparticle concentration (a) and temperature (b) profiles calculated with the 2D
particle model (taken at the half height of the particle). Symbol (®) indicates the bulk gas
temperature. Conditions of the bulk gas: 260°C, 40 bar, 6 kg/m? s, mole fractions 0.475 CO,
0.475 H and 0.050 CO,. r, = 0 corresponds to the centre of the particle. Calculated

effectiveness factors: n; 1.03 and n, = 1.17.
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Figure 3. Parametric study: influence of mass flux (a), fraction of catalyst (b) and pressure (c)

on the space time necessary for 80% CO conversion. Constant conditions: Ty = 250°C, AT, =

0, and Dg =0.03 m.
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Figure 4. Parametric study: influence of feed temperature (a), wall temperature (b) and
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Figure 5. Simulation of the reactor model at the optimum operating conditions (upgs= 4

245

kg/m?'s, Ty = 245°C, AT,, = 0, po = 40 bar, Dg = 0.02 m and Lg = 8.50 m): temperature
gradient. Comparison of (a) direct DME synthesis (fcq: = 0.70 wt.) and (b) methanol

synthesis (fcqr = 1 Wt.).
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Figure 6. Simulation of the reactor model at the optimum operating conditions (up;= 4
kg/m? s, T, = 245°C, AT,, = 0, py = 40 bar, Dz = 0.02 m and Li = 8.50 m): comparison of
direct DME synthesis (f.q: = 0.70 wt.) and methanol synthesis (f.,; = 1 wt.). (a) CO
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conversion (solid line) and DME yield (dashed line). (b) Centreline temperature. (c) Heat flux

at the reactor wall (r = Dr/2 =0.01 m)
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Figure 7. Simulation of the reactor model at the optimized operating conditions (upg= 4
kg/m?s, Ty = 245°C, AT,, =0, po = 40 bar, Dg = 0.02 m and Ly = 8.50 m): radial profiles at z
= Lg/2 = 4.25 m of (a) bed porosity and superficial velocity and (b) radial temperature profile

and radial thermal conductivity.
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